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A B S T R A C T

Production of synthetic methane as a substitute for natural gas has been widely discussed as a means of
long-term energy storage with the potential of CO2 neutrality. While the maximum conversion of catalytic
CO2 methanation is limited by the highly exothermic and pressure-dependent nature of the Sabatier reaction,
high conversion at low pressure could be achieved at laboratory scale through sorption enhancement. The
transient nature of this process requires new reactor designs and process engineering for large-scale reactors.
We investigated pellet bed reactors from a process and reactor engineering perspective, particularly in the
context of upscaling. Our results show that heat generation in the reactor remains a major challenge for
process performance and product purity. The bed temperature is coupled with the water adsorption capacity
of the catalyst, which in turn affects the reactor capacity. Consequently, this has an impact on the dynamics
of the coupled adsorption and reaction front with implications for the design of larger reactors. The results
provide a comprehensive understanding of the process and a guide for reactor engineering.
. Introduction

Sorption-enhanced catalysis gained interest through developments
n the fields of CO2 hydrogenation [1–4] and steam reforming [5,6].
he underlying idea of improving the conversion via sorption-based
emoval of at least one product, i.e. through le-Chatelier’s principle, of-
ers new perspectives in process engineering. This becomes particularly
nteresting in view of designing hydrogenation processes.

In this publication, we focus on CO2 hydrogenation for produc-
ion of synthetic methane. This synthetic gas has a great potential
s energy carrier if produced from ‘‘green’’ hydrogen and using a
O2 source that does not add emissions to the global carbon balance,
.g., direct air capture, unavoidable CO2 emissions, or by-product from
iomass fermentation. Compared to directly using the hydrogen, syn-
hetic methane shows advantages due to its volumetric storage density,
asier handling, and drop-in capability for natural gas.

The Sabatier reaction

O2 + 4 H2 ⇋ CH4 + 2 H2O, 𝛥𝐻0
r = −165 kJ mol−1 (1)

s strongly exothermic, which limits the maximum conversion at high
perating temperatures, and is generally a process difficult to con-
rol [7,8]. These challenges are commonly approached by increased
eaction pressures, staged reactors with product recycle, and active
ooling of the catalyst with intermediate water removal [3,9].

∗ Corresponding author.
E-mail address: florian.kiefer@empa.ch (F. Kiefer).

A different approach is to use sorption-enhancement to directly re-
move the product water from the catalytic centers. Without increasing
the pressure, this shifts the equilibrium to the product side and leads
to high conversion. Furthermore, the temperature increase is limited
due to the decreasing sorption capacity with increasing temperature,
observed for the adsorbents commonly used as catalyst support. If cor-
rectly operated, a coupled sorption and reaction front moves through
the reactor. Upstream of this front, the catalyst is saturated or close to
saturation with water [10]. The gas phase contains a mixture of reac-
tants and products. Downstream of the front, the catalyst is in its dry
state and the gas phase approaches the equilibrium conditions adjusted
via the equilibrium water content of the gas over the catalyst [11].

Suitable catalysts and supports for sorption-enhanced methanation
were investigated amongst others by Refs. [12–14]. In the study at hand
we used zeolite 13X which has shown good performance in different
studies, e.g. Refs. [13,14], due to larger pore size and higher adsorp-
tion capacity. Sorption isotherms for relevant zeolites are available in
literature only for lower temperature ranges and especially only for
lower water partial pressures than those observed in sorption-enhanced
methanation reactions, where two thirds of the product pressure are
water. Refs. [15–17] provide measurement data on zeolite 13X for a
value range up to 40 mbar and 250 ℃, 0.1 bar and 100 ℃, 1 bar and
80 ℃, respectively.
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The trade-off between catalyst activity and adsorption capacity of
the zeolite determines the performance of a reactor system. Increasing
temperature leads to higher catalyst activity but reduced adsorption
capacity. Borgschulte et al. [10] showed that the optimum temperature
for operation is close to 300 ℃ for a nickel impregnated zeolite 5 A
catalyst. They showed that higher temperatures reduce the sorption
capacity and therefore reduce the volumetric yield per cycle. Decreas-
ing the temperature increases the adsorption capacity, but reduces the
catalyst activity so that no reaction front builds up. The latter was
shown to be necessary to achieve a high methane purity in the product.

Previous research was conducted mainly in small lab-scale reactors,
where heat development was negligible. The behavior of such labora-
tory systems is close to that of an isothermal reactor. However, reactors
with large bed diameters are better represented by adiabatic reactors,
at least in the bed center because of the poor heat conductivity of
the catalyst pellets. As bed temperature and reactor performance are
directly coupled through water adsorption, novel engineering concepts
are needed. This knowledge gap must be closed for upscaling of the
process and industrial application.

The present work investigated the thermodynamic characteristics
of sorption-enhanced methanation in pilot-scale pellet bed reactors
by a combined experimental and modeling approach. Combining the
insights gained through the experiments with abstraction of the pro-
cess through simple thermodynamic models provides a comprehensive
analysis of the process. We confirm general trends such as the evolution
of a reaction front running through the reactor. However, compared
to small lab-scale reactors, the markedly higher heat load reduced the
overall performance and was shown to lead to material degradation.
We indicate solutions to this problem, both on the catalyst and on
the system level. Further, we reveal phenomena characteristic of large-
scale reactors. With the results, we provide a comprehensive database
and a guideline for the design of sorption-enhanced reactors for CO2
methanation.

2. Methods and materials

2.1. Experimental methods

Two experimental setups with the same reactor vessel type were
used to investigate water adsorption and sorption-enhanced reaction. In
the first test rig, we investigated adsorption of water from an inert car-
rier gas stream at an absolute pressure of 5 bar, a water partial pressure
range of 666.7 mbar to 3,333 mbar, and a temperature range of 200 ℃
to 400 ℃. In the second test rig we investigated sorption-enhanced CO2
methanation. The test rigs are depicted in Fig. 1.

Both reactors had a bed diameter of 84 mm and a bed height of
approximately 250 mm and were electrically heated over the reactor
tube. The bed temperature was measured in the inlet section filled with
glass beads and in the actual pellet bed using thermocouples (Type
K class A, 1.5 mm jacket diameter) in five layers with three radial
positions each. The radial positions were in the center, on half radius,
and 2 mm from the reactor wall at positions 25, 75, 125, 175, and
200 mm from the lower end of the bed (Fig. 1). The glass beads filled
the lower 50 mm of the bed.

The following main procedures were used to investigate the dy-
namic loading of the bed with water:

Inert loading and drying of the bed. The initial state of the bed was
adjusted by heating and purge with dry air. An experiment started
after reaching a steady state at the desired pressure and the initial
temperature 𝑇start . The compressed air and water flow were adjusted
using mass flow controllers (Bronkhorst EL-FLOW for gas and CORI-
FLOW for liquid water). In an evaporator the water flow completely
vaporized and later mixed with the preheated carrier gas stream. The
resulting mixture was controlled to the desired temperature 𝑇start and
2

fed to the inlet of the vessel. The loading procedure was observed
via the temperatures measured in the bed (Fig. 1). During loading,
the dry gas outlet from the pressure vessel was analyzed using a dew
point mirror (Mitchell Optidew 501). After temperature increase in the
thermocouple layer closest to the outlet, water supply was stopped
and the following drying procedure was started. At a pressure of 2 bar
the reactor was purged with dry air until the reactor bed temperature
reached 300 ℃. The dew point was adjusted so that a value of <−20 ℃
(sensor pressure 1 bar) was reached for the equilibrium state at a
reactor pressure of 5 bar. This state was considered as dry state for all
experiments. An initial decline in adsorption capacity was observed as
documented in Appendix A. Thus, we started the measurements after
an initial aging of 10 loading and drying cycles, when a plateau in
adsorption capacity was observed.

Measurement procedure sorption equilibrium load. We determined sorp-
tion isotherms from equilibrium experiments. The reactor was loaded
as described above and held under continuous flow at the desired water
pressure and temperature until no change in bed temperature could
be detected anymore. The drying procedure started from this point
and all water removed from the reactor was condensed at 20 ℃ and
collected. Further gaseous water was removed from the purge gas using
a zeolite bed. Finally, after reaching the above introduced dry state
of the bed, the collected water mass (condensate and adsorbate in the
downstream zeolite dryer) was determined. The results are summarized
in Appendix B.

Measurement procedure for sorption-enhanced reaction. The dry reactor
bed was heated to the desired start temperature 𝑇start and flushed
with methane to reach the initial state at the desired pressure. We
fed hydrogen and CO2 in a ratio of 4:1 to the reactor after preheating
to 𝑇start . The feed flow was stopped after the water front reached the
reactor outlet, determined via temperature measurements. Afterwards,
the pressure was reduced to 1.5 bar and the reactor was purged with dry
gas at 300 ℃ for 1.5 hours to reach a homogeneous bed temperature
of 300 ℃. This state was considered as dry state for all experiments.

2.2. Catalyst and sorbent

The general aim is to design a material with high sorption capacity
at relevant temperatures and pressures, good hydro-thermal stability,
and good diffusion properties for reactants and products. According to
Borgschulte et al. [12] zeolites of type A are applicable only with larger
pore size such as zeolite 5 A. Nickel impregnation to around 5wt%
is common. We used zeolite 13X (Zeochem Z10-01) 1.6 mm-2.6 mm
beads with binder both in untreated form and as catalyst after nickel
impregnation. In the latter case, pellets were treated with an aqueous
nickel nitrate solution with a Ni concentration of 0.105 g ml−1 using
0.5 ml of this solution per g zeolite. The impregnation was followed by
a pre-drying aging period of 60 hr, 12 hr drying at 140 ℃, and finally
calcination at 500 ℃ for 4 hours. We reduced the catalyst with H2/Ar
mixtures at temperatures around 350 ℃ until no temperature increase
was observed with a H2 pressure of 1 bar.

2.3. Theoretical model of zeolite bed and sorption-enhanced reactor

The model presented here is based on fundamental balances around
the catalyst bed for the entire sorption-enhanced reaction phase. The
system of equations to be solved consists of the species and energy
balances around the reactor bed integrated over the time required
for loading the complete bed with water. The system was solved
using Matlab. Thermophysical properties of gases were calculated using

Refprop [18].
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Fig. 1. Test rig reactor sketch and simplified P&ID for water loading (A) and reaction (B).
Species balance. Two cases are considered: water loading from an inert
carrier gas and sorption-enhanced reaction. For sake of simplicity and
since a high conversion yield is expected, the reaction is implemented
as irreversible and considering full conversion.

The integral change of the reactor state over the whole loading
phase with duration 𝜏SER is considered as

𝑛𝑖,reactor,end − 𝑛𝑖,reactor,start = ∫

𝜏SER

0
�̇�𝑖,in − �̇�𝑖,out + �̇�𝑖 − �̇�𝑖,ads d𝑡 (2)

with the mole numbers 𝑛𝑖 of species 𝑖 contained in the reactor before
and after the loading phase, as well as respective in- and outflow �̇�𝑖,in
and �̇�𝑖,out and the source and sink terms �̇�𝑖 according to the Sabatier
reaction (Eq. (1)). For water adsorption from an inert gas, we consider
nitrogen and a water load of 𝑝H2O,in at the reactor inlet.

At the start of the loading or reaction phase, the reactor’s state is

𝑇 = 𝑇start , initial bed temperature (3)

𝑝 = 𝑝r , reactor pressure (4)

𝑋ads = 𝑋∗
ads(𝑇start , 𝑝H2O,start ), initial water load. (5)

The initial gas phase in the reactor contains a mixture of CH4 (or in
case of water loading the inert gas) and water according to Eq. (5).

From this point, the state of the reactor is integrated over the entire
sorption-enhanced reaction (or water loading) phase with a time span
of 𝜏SER, unknown at first. After this phase, the reactor state is described
by

𝑇 = 𝑇end, mean bed temperature af ter reaction (6)

𝑝 = 𝑝r , reactor pressure (7)

𝑋ads = 𝑋∗
ads(𝑇end, 𝑝H2O,end), f inal water load. (8)

The final water load of the catalyst is calculated from the compo-
sition of the gas phase which is assumed to contain 𝑝H2O,end = 2∕3 𝑝r
water and the rest CH4 according to Eq. (1) assuming full conversion.
It is further assumed that only water is adsorbed in the zeolite.

The duration of the full sorption-enhanced reaction (or water load-
ing) phase is

𝜏SER =
𝑛H2O,reactor,end − 𝑛H2O,reactor,start

2
(

�̇�CO2 ,in − �̇�CO2 ,out

) , (9)

whereas �̇�CO2
is replaced with �̇�H2O∕2 in case of water loading.

During the loading phase, dry products (or carrier gas) are assumed
to leave the reactor outlet at 𝑇end with a water content of

𝑝 = 𝑝∗ (𝑇 ,𝑋 ), (10)
3

H2O,out H2O end ads,start
i.e. the equilibrium water partial pressure over the zeolite or catalyst at
the initial water load and already elevated temperature. This requires
that the water loading is stopped as soon as the front reaches the outlet
and that a sharp sorption front exists. The product gas has a water
content close to the equilibrium conditions over the dry material as
long as there is a dry region downstream of the front. The temperature
at the outlet is higher than the initial temperature, since the bed heats
up due to the increased temperature of the product gas.

Energy balance. The energy is balanced in a three step process, in the
following labeled as virtual states 1 to 4. First step is an isothermal
reaction (State 1 to 2, whereas State 1 equals the start state in Eqs. (3)
to (5)):

𝑄r =
(

𝐻2,prods −𝐻0
prods

)

+ 𝛥𝐻0
r +

(

𝐻0
react −𝐻1,react

)

. (11)

The resulting gas phase consists of methane and water. The adsorption
is considered as the second isothermal step (State 2 to 3) described by

H2O + CH4(g) → (1 − 𝑥ads)H2O + 𝑥adsH2O(ads) + CH4(g) (12)

and

𝑄ads =
(

𝐻3,ads −𝐻0
ads

)

+ 𝛥𝐻0
ads +

(

𝐻0
gas −𝐻2,gas

)

. (13)

Finally, the third step (State 3 to 4, whereas State 4 equals the end state
in Eqs. (6) to (8)) adds the temperature change as

𝐻4 −𝐻3 = 𝑄r +𝑄ads + ∫

𝜏SER

0
�̇�HT d𝑡 + ∫

𝜏SER

0
�̇�in − �̇�out d𝑡 (14)

The reactor bed is considered with the heat capacities for the dry zeolite
of 0.88 kJ kg−1 K−1 [15] and the heat capacity of adsorbed water of
4.18 kJ kg−1 K−1 [19]. Heat transfer �̇�HT over the reactor walls can be
considered as a homogeneous source or sink term.

The above described system of equations is solved for the resulting
temperature 𝑇end and iterated until convergence. Key characteristic of
the system is the equilibrium water sorption capacity 𝑋∗

ads expressed
by the sorption isotherms shown in Fig. B.16. The values have been
determined in experiments as introduced above and fitted to the Du-
binin Ashtakov model (cf. Mette et al. [15]). The heat of adsorption was
derived from the sorption isotherms via van’t Hoff equation. Fig. B.17
shows its decline with increasing water load. Adsorption of water at
a lower water load of the catalyst leads to a stronger heat release.
The final reactor state given in Eqs. (6) to (8) is a result of balancing
adsorption and reduction of sorption capacity through temperature
increase caused by reaction and/or adsorption.
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Additional definitions. In the following, different experiments and sim-
lations are compared using the water flux defined as the water flow
ate divided by the reactor cross section area 𝐴cs

H2O =
�̇�H2O,in

𝐴cs
. (15)

Considering a full conversion of CO2 in the sorption-enhanced reaction,
the water flux can be calculated from the CO2 flux according to Eq. (1).
The resulting front velocity can be calculated from the bed geometry,
the water production or inflow, and the change in water load of the
dry catalyst or adsorbent mass 𝑚cat,dry as

f ront = 𝐿bed 𝐴cs
𝑗H2O 𝑀H2O

(

𝑋ads,end −𝑋ads,start
)

𝑚cat,dry
(16)

r from experimentally determined temperature data via

f ront =
𝛥𝑥
𝛥𝑡

=
𝐿bed
𝜏SER

, (17)

whereas the front moves in axial direction a way of 𝛥𝑥 during 𝛥𝑡
through the reactor bed, e.g. from one to the next temperature sensor
or within 𝜏SER through the complete bed of length 𝐿bed.

3. Results

In Section 3.1 we discuss the equilibrium thermodynamics that
determine the maximum possible conversion. Under operating con-
ditions, additional parameters affect the achieved conversion. Their
importance is described in the following sections through experiments
and modeling of a pilot reactor. To decouple the sorption kinetics from
catalysis, we studied the adsorption of water in an identical reactor
with non-impregnated zeolite beads (Section 3.2). The general behavior
of this zeolite bed is similar to that of the sorption-catalysis reactor,
with specific differences arising from the catalytic reaction discussed
in Section 3.3.

3.1. Influence of water removal on the reaction equilibrium

The general characteristics of the reaction system were investigated
by analyzing the chemical equilibrium using Cantera [20]. The equilib-
rium composition at a pressure of 5 bar was computed as a function of
the reactor temperature assuming an isothermal reactor in equilibrium
(cf. Fig. 2). Solid carbon was not considered as a species, since it
becomes relevant only at highest temperatures.

As expected, increasing temperatures shift the equilibrium towards
the reactants. The resulting CO2 conversion shows a steep decline with
increasing temperature until conversion to CO instead of CH4 takes over
at temperatures between 500 ℃ and 600 ℃. The equilibrium shifts
towards the product side for higher pressures and production of CO
is shifted to higher temperatures.

By continuously removing the product water from such a reactor,
the equilibrium shifts as shown in Fig. 3. We considered a water dew
point of −10◦C at 1 atm. The CH4 concentration is approximately three
times higher than without water removal (cf. Fig. 2). Consequently, the
CO2 conversion significantly increases. This analysis only considered
the chemical equilibrium, whereas for catalytic reactors the activity
of the catalyst must also be taken into account. Considering nickel
as catalyst, temperatures at around 300 ◦C are a reasonable trade-off
between catalyst activity and conversion for conventional methanation
without sorption-enhancement [21].

Fig. 4 shows the equilibrium CO2 conversion and gas phase com-
position as function of the water content in the product for different
temperatures and two pressures. The previously introduced dependen-
cies on pressure and temperature persist. The content of reactants in the
mixture decreases with decreasing water content. Only the CO content
and higher hydrocarbons increase with decreasing water content but
4

Fig. 2. Chemical equilibrium over temperature computed using Cantera for a reactor
pressure of 5 bar(a) and CO2 conversion for different reaction pressure levels.

Fig. 3. Chemical equilibrium after removal of water to a dew point of −10◦C at 1 bar(a)
over temperature computed for a reactor pressure of 5 bar(a) and CO2 conversion for
ifferent reaction pressure levels.

tay well below 5 ppt for CO and 300 ppm for ethane if the tempera-
ure is kept below 400 ◦C (cf. Fig. C.18). Decreasing the temperature

significantly reduces the CO production.
Thus, a lower water content in the gas phase leads to less reactants

in the product. This water content is a function of the amount of water
adsorbed on the zeolite present at the start of the reaction as given by
the sorption isotherms (cf. Fig. B.16). Consequently, the product quality
can be adjusted via the dry state of the sorption catalyst.

3.2. Water adsorption on zeolites under operation conditions relevant for
sorption-enhanced methanation

The dynamics of water adsorption in the zeolite bed were inves-
tigated in breakthrough curve experiments using compressed air as
carrier gas. Fig. 5 shows one experimental result at 5 bar with an air
flow of 2.23 Nl min−1 and a water flow of 216.05 g h−1 (i.e. water
partial pressure of 𝑝 = 3.33 bar, gas hourly space velocity GHSV
H2O
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Fig. 4. Sensitivity of CO2 conversion and gas content on dry state of product for
ifferent temperatures and reactor pressures.

400 h−1). The initial bed temperature was adjusted to 300 ℃ and
he inlet as well as the shell temperature were controlled to this value
hroughout the whole experiment.

The exothermic nature of the water adsorption locally led to a
harp temperature increase. The adsorption front was tracked using this
emperature increase at different sensor positions in the bed. The fast
ncrease, almost in form of a step, shows that the adsorption front was
ompact and clearly pronounced. After the front passed the position
f a temperature sensor, the temperatures did not increase further,
ut slightly declined through cooling of the bed. The temperatures in
he reactor center and at half radius increased almost simultaneously,
hich speaks in favor of an even flow distribution and a constant front
elocity over the reactor diameter. The bed regions close to the wall
ooled down faster, after the front passed.

Further experiments were conducted at different reactant flows and
ater partial pressures, always at an absolute pressure of 5 bar. Fig. 6

hows a comparison between modeled and experimentally determined
orption front velocities. The model predicts a linear dependence of the
ront velocity on the water inflow for the isothermal and the adiabatic
ase. The experimental results lay between these simulated values.
he front velocity is highest in the adiabatic case due to a higher
emperature and therefore lower adsorption capacity. It decreases with
eat removal. The resulting sorption capacity, which is directly pro-
ortional to the inverse of the front velocity, approximately doubles
rom adiabatic to isothermal case. Increasing the water partial pressure
ncreases the adsorption capacity and therefore decreases the front
elocity.

The experimental results at low water inflow rate approach the
5

sothermal case, whereas for increasing water inflow, the experimental
Fig. 5. Temperature evolution of the zeolite bed during loading phase at levels
𝑗 = 1, 2, 3, 4 in flow direction and 𝑖 = 1 (center 𝑟 = 0), 𝑖 = 2 (half radius 𝑟 = 𝑅∕2),
𝑖 = 3 (wall 𝑟 = 𝑅 − 2 mm) and time derivative of temperatures in position 𝑖 = 1 for an
nitial bed temperature of 300 ℃, an air flow of 2.23 Nl min−1, and a water flow of
16.05 g h−1 for a pressure of 5 bar(a).

Fig. 6. Experimentally determined and modeled sorption front velocities for water
adsorption from compressed air at an absolute pressure of 5 bar.

results bend towards higher front velocities, i.e. towards the adiabatic
case. This can be attributed to shorter residence times. The residence
time is expected to influence the loading of the pellets and the heat
transfer. Faster water inflow results in shorter residence times and
therefore a potentially incomplete loading of the pellets when diffusion
into the pellet becomes rate limiting. In addition, the integral heat
removed from the reaction front during one experiment is lower for
higher front velocities.

Fig. 7 shows the maximum temperatures and water loads measured
and those predicted with the isothermal and adiabatic models. The
sorption capacity increases with increasing water partial pressure 𝑝H2O.
Consequently, more heat is released which leads to an increase in
temperature. The maximum temperature measured in the bed during
one loading cycle is well predicted with the adiabatic model. This
maximum is always located in the center of the bed, where the heat
transfer to the wall is smallest. The value range displayed is for the
flow rates as shown in Fig. 6.

The amount of adsorbed water calculated from experimental results
for different flow rates lies between the values for the adiabatic and
the isothermal simulation. This is attributed to heat removal in regions
close to the reactor walls as well as better cooling of the inlet region
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Fig. 7. Pressure dependency of modeled temperature and maximum temperature
reached in experiments and modeled integral water load compared to water load
derived from experimentally determined loading velocities.

Fig. 8. Temperatures in catalyst bed at levels 𝑗 = 1, 2, 3, 4 in flow direction and 𝑖 = 1
(center 𝑟 = 0), 𝑖 = 2 (half radius 𝑟 = 𝑅∕2), 𝑖 = 3 (wall 𝑟 = 𝑅 − 2 mm) and time
derivative of temperatures in position 𝑖 = 1 for an initial bed temperature of 300 ℃, a
reactor pressure of 5 bar(a), an inlet CO2 flux of 0.1 mol m−2 s−1, and a stoichiometric
reactant mixture. Arrows mark peculiarities in the shape of the temperature curves: 1.
continuous temperature increase of the inlet section, 2.-5. slow initial increase in each
level (blurred front), 6. temperature increase due to gas front passing.

with higher flow rates and therefore more carrier gas as an additional
thermal mass.

3.3. Sorption-enhanced reaction

A typical methanation experiment was conducted at 5 bar with a
flow rate of 0.74 Nl min−1 CO2 (corresponding to a CO2 inlet flux of
0.1 mol m−2 s−1) and 2.96 Nl min−1 H2. The initial bed temperature
was adjusted to 300 ℃ and the gas temperature at the inlet as well as
the shell were controlled to this value. For this experiment, Fig. 8 shows
the evolution of temperatures in four levels and at three radial positions
in the pellet bed. The lower subplot shows the time derivatives of the
temperatures measured at the distinct levels in the center of the bed.
6

Fig. 9. Conceptual model based on the analysis of the measurement results: continuous
temperature increase in inlet section (left) and spill-over due to slow reaction kinetics
(right).

The sorption-enhanced methanation reaction shows a similar behav-
ior of the bed temperatures as that observed for water adsorption from
a carrier gas without reaction, discussed in the previous section. The
sorption-enhancement is a self-stabilizing mechanism for the exother-
mic reaction. The local temperature increase reduces the adsorption
capacity in the respective area which strongly reduces the reaction rate.
Nonetheless, one can observe the following main differences:

1. The temperature measured near the gas inlet in the center of the
bed (𝑖 = 1, 𝑗 = 1) is remarkable. After an initial relatively slow
increase up to approximately 350 ℃, a steeper increase to ap-
proximately 400 ℃ follows. Afterwards, in contrast to what was
observed in the adsorption experiments before, the temperature
continuously increases over the duration of the experiment (cf.
Fig. 8, Arrow 1).

2. The temperatures in all positions start to increase at a lower
rate and the increase accelerates after a certain time (cf. Fig. 8,
Arrows 2, 3, 4, 5).

3. The product gas front can be seen in the plots, especially in the
time derivative as a small maximum shortly after the start of the
experiment; subsequently for one sensor level after the other (cf.
lower sub-figure of Fig. 8, Arrow 6).

Fig. 9 visualizes these phenomena. After the catalyst in a specific
region reached its sorption capacity, the sorption-enhancement of the
reaction stops. But still the catalyst acts as a conventional nickel
catalyst. In the inlet section high reactant partial pressures prevail. This
leads to a measurable conversion, even in the loaded bed (left sketch).
The resulting heat release is expected to be constant in this region,
which results in a continuous temperature increase while the reaction
front moves on through the bed.

The slow initial temperature increase at the different axial positions
results from slow reaction kinetics at low temperatures. Consequently,
only a part of the reactants is converted in a certain position and the
rest is convected further downstream (Fig. 9, right sketch). There, the
remaining reactants are converted and the produced water partially
loads the zeolite. This leads to a slow temperature increase in a section
downstream to the current position of the reaction front. The reaction
kinetics are limiting the process; the transport by convection is faster
than the conversion to CH4 and H2O. Considering this spill-over from
the reaction front to downstream regions of the bed, our hypothesis
is further backed-up by a sensitivity analysis on gas inlet and bed
temperature adjusted before the start of the experiment. Increasing the
initial temperature should enhance the catalyst activity and therefore
avoid this spill-over.
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Fig. 10. Sensitivity of bed temperatures on initial temperature measured at levels
= 1, 2, 3, 4 in flow direction and 𝑖 = 1 (center 𝑟 = 0), 𝑖 = 2 (half radius 𝑟 = 𝑅∕2),

𝑖 = 3 (wall 𝑟 = 𝑅 − 2 mm) for a reactor pressure of 5 bar(a) and an inlet CO2 flux of
0.1 mol m−2 s−1 and a stoichiometric reactant mixture.

Fig. 10 shows the temperature curves for two different initial and
gas inlet temperatures. Decreasing the temperature to 280 ◦C increases
the spill-over effect as far as that there is no front evolving in the first
quarter of the bed. Increasing the temperature to 320 ◦C results in a
steeper rise for all four stages in the catalyst bed. The spill-over effect
does not occur, i.e., the front is sharp and distinct.

The sensitivity on the reactor pressure and reactant flow is shown in
Fig. 11. The columns show the two CO2 fluxes 0.1 and 0.2 mol m−2 s−1
and the rows the absolute reactor pressures 1.5, 3, and 5 bar. Consid-
ering the CO2 flux of 0.1 mol m−2 s−1 (left column), an increase in
pressure leads to a steeper temperature increase which is associated
with a sharper, more compact reaction front. The maximum tempera-
tures reached in the reactor center do not show a significant pressure
dependency. The bed in this center region resembles an adiabatic
reactor. The spill-over effect decreases with increasing pressure and
the slow initial temperature increase at a certain position vanishes
(compare Figs. 8 and 9). Mainly two mechanisms contribute to this.
Higher pressures result in reduced flow velocities, which leads to
longer residence times. In addition, higher reactant pressures result in
higher reaction rates. Thus, initially low temperatures and therefore
low catalyst activity are overcome.

Beyond that, increased pressures cause increased water partial pres-
sures 𝑝H2O and thus lead to a higher adsorption capacity of the material
(cf. Fig. 7). This results in slower front velocities. At 1.5 bar the reaction
front reaches sensor position 𝑗 = 4, 𝑖 = 1 approx. 12.5 min after starting
the reactant supply (Fig. 11 a). At 3 bar the front reaches this point only
after approx. 16 min (Fig. 11 c). Further pressure increase to 5 bar only
leads to a slight increase (Fig. 11 e), which goes in hand with the form
7

of the sorption isotherms (cf. Fig. B.16).
With the doubled flow rate and a pressure of 1.5 bar, no distinct
reaction front can be detected anymore (Fig. 11 b). Only at 3 and 5 bar
a reaction front can be observed close to the outlet or in the second half
of the reactor, compare Fig. 11 d and f, respectively. The increased flow
rate leads to a high flow velocity at these low pressures.

Considering the experiments at 5 bar, an increase in reactant flow
rate from 0.1 to 0.2 mol m−2 s−1 leads to a doubling of the front
propagation velocity. The front reaches position 𝑗 = 4, 𝑖 = 1 after about
16 min for a flux of 0.1 mol m−2 s−1, while it needs only 7.5 min min
for twice the influx.

While the sensors in radial positions 𝑖 = 1 and 𝑖 = 2 are almost
ynchronous in all cases where a front is evolving, the temperatures
easured close to the wall (𝑖 = 3) increase with a measurable delay.
his is attributed to the higher sorption capacity at lower temperatures
ound close to the wall.

Consequently, balancing of reaction rates and residence times thro-
gh adjusting pressures and flow rates leads to distinct reaction fronts
nd determines the duration of sorption-enhanced reaction.

Figs. 12 and 13 compare the experimental results with the model.
henomena such as the spill-over and the inlet section effect are not
overed by the model. From the experimental perspective, these phe-
omena further complicate tracking of the reaction front, especially for
igher flow rates and lower pressures. The results plotted in Fig. 12 are
hose for experiments at 1.5 and 5 bar absolute pressure corresponding
o 1.0 and 3.3 bar water partial pressure (Fig. 11 a, b, e, and f). The
aximum in temperature increase of 𝑇1,4 (𝑗 = 4, 𝑖 = 1) was used again

o determine the front velocity. This is also the reason why only these
xperiments were included in the figure.

The modeled front velocities can be directly compared to Fig. 6
hich summarized water adsorption without reaction. The front ve-

ocities for the isothermal case are similar, since we assume that all
eat is removed from the reactor. In contrast, front velocities computed
or the adiabatic reactor are significantly higher. This is due to the
eat of reaction which is additionally released. The values determined
rom experiments are again between the adiabatic and the isothermal
imulation result. The velocities are significantly higher than those
easured for the pure water loading, which is due to the additional
eat release. For evaluation of the water loads the maximum temper-
ture increase was used as trigger. Considering reactor operation, the
nitial temperature increase at a position can indicate reduced product
urity. This further reduces the reactor capacity, depending on the
roduct purity requirements.

Fig. 13 shows the comparison between experimentally determined
nd simulated temperatures for different water partial pressures. Two
anges for the maximum temperature are plotted: the maximum tem-
erature measured in the bed considering all thermocouples, max(𝑇𝑖,𝑗),
nd the maximum measured at the thermocouples closest to the outlet,
ax(𝑇1,4). In the first case, the maximum is always the temperature 𝑇1,1
hich is closest to the inlet. This is due to the continuous temperature

ncrease in the inlet section caused continuing CO2 conversion after
eaching the catalysts water adsorption capacity. This temperature is in
ll cases above the one estimated for an adiabatic reactor. In contrast,
he maximum temperature measured close to the reactor outlet is well
redicted by the adiabatic case, since it is a result of the equilibrium
oading capacity of the material.

The measured water adsorption capacity slightly increases with
ressure, but is close to the values computed for the adiabatic case
lower part of Fig. 13). This differs from the results obtained for water
oading without reaction (cf. Fig. 7) and is attributed to the higher
emperatures which are not considered by the model. The range in
xperimental results is determined by the two flow rates, whereas the
igher flow rate generally leads to a lower temperature and lower
oading capacity 𝑋 .
H2O
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Fig. 12. Experimentally determined and modeled reaction front velocities plotted over
he water mole flux 𝑗H2O for absolute pressures of 1.5 and 5 bar (1.0 and 3.3 bar water
artial pressure). Experiments conducted with stoichiometric reactant mixtures at the
iven CO2 flux. Simulations for adiabatic and isothermal conditions.
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4. Discussion

The analysis of the reaction system showed that the CO2 conversion
an be adjusted by setting the water content in the product gas (cf. Sec-
ion 3.1). This mechanism is used by sorption-enhanced methanation
o shift the chemical equilibrium to the product side. Consequently,
he dry state of the catalyst bed, i.e. the residual water content in the
eolite support, determines the product quality. In the presence of a
istinct reaction front, the dry part of the reactor downstream the front
etermines the composition of the product gas while the adsorption
apacity, i.e. the wet state of the catalyst upstream the front, determines
he front velocity and therefore the reactor capacity.

The experimental study on the non-impregnated zeolite bed showed
hat this behavior is characteristic to the zeolite substructure of the
atalyst (cf. Section 3.2). The experiments showed the following char-
cteristics over a wide range in gas flow velocities:

• A distinct adsorption front runs through the reactor which was
observed by a sharp local temperature increase. The adsorption
front velocities increase approximately linearly with the water

inflow.
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Fig. 13. Pressure dependency of modeled temperature and maximum temperature
reached in experiments and modeled integral water load compared to load calculated
from experimentally determined loading velocities.

• Maximum temperatures measured in the reactor center were
found to be in the range of 350 to 380 ℃.

• Associated adsorption capacities were in the range of 10 to
35 g kg−1 for water partial pressures of 667 mbar and 3.3 bar,
which is about one order of magnitude lower compared to con-
ventional application of zeolites (compare, e.g., Refs. [15,16]),
due to the high temperature level.

The adsorption front velocity and the breakthrough behavior was
ell approximated by simple mass and energy balances together with

he equilibrium adsorption capacity given by the sorption isotherms.
aximum temperatures prevailing in the center of reactors with larger

ed diameter were well approximated by an adiabatic reactor model.
he heat removal from the bed during the loading phase significantly

nfluenced the adsorption capacity and must be considered during
eactor design.

These experimental and modeling results were compared to a set
f experiments conducted in a reactor with the same geometry but
ow with chemical reaction (cf. Section 3.3). The sorption-enhanced
ethanation experiments showed the following characteristics:

• For low flow velocities and high pressures the characteristic
coupled sorption-reaction front established and ran through the
reactor. This is only the case, if residence time (set by flow rate
and pressure) and catalyst activity (set mainly by temperature)
matched.

• Due to the combination of heat of adsorption and heat of reac-
tion, higher bed temperatures were observed compared to water
adsorption without reaction, while the adsorption capacity was
significantly lower. For water partial pressures of 1.0 bar and
3.3 bar adsorption capacities were in the range of 5 to 10 g kg−1.

• The initial and inlet temperature together with the flow velocity
determined how sharp and distinct the reaction–adsorption front
was. For lower temperatures and therefore low catalyst activ-
ity, slow conversion led to a spill-over of reactants into regions
downstream of the front. This resulted in blurred fronts.

• After the reaction front passed the inlet section of the reac-
tor, a significant reaction activity was observed upstream the
front, which led to a continuous temperature increase close to
the reactor inlet. We measured temperatures of around 500 ℃
for a bed height of 200 mm which we expect to contribute to
thermo-hydraulic degradation of the zeolite in respective sections.
9

While the general behavior of sorption-enhanced methanation re-
ctors was again reproduced by the simple integral model, latter two
henomena specific to reaction kinetics could not be predicted. A more
ophisticated model resolving the reaction and adsorption process in
pace and time is required.

Blurred reaction fronts can affect the efficiency of the sorption-
nhanced reaction process, when the blurring leads to an early increase
n reactant concentration at the reactor outlet and the reaction phase
ust be stopped early. This must be taken into consideration during
rocess scheduling as well as during reactor design by an extra margin
or the bed length, which compensates for the length of the blurred
ront. The results show that a blurred reaction front at lower temper-
ture can still be advantageous over a sharp front reached through
igher temperature, cf. Figs. 8 and 10, if the increase in sorption
apacity is higher than the loss through the additional bed length
equired to compensate for the length of the reaction front.

In general, reactor design and process scheduling for sorption-
nhanced reactors must consider the time required for regeneration,
.e. drying, of the reactor. A minimum of two reactors operate in
lternating order to ensure a continuous product supply. With the
nowledge of the front velocity, one can design the reactor length in a
ay to match the duration of sorption-enhanced reaction of one reactor
ith the regeneration of the second reactor.

Intensification of the process is possible only to a very limited
xtent via the reactor pressure, depending on the shape of the sorption
sotherms at the corresponding temperatures Appendix B and Fig. 13.
owever, increasing the reactor pressure helps to balance the residence

ime depending on the reactant throughput and the catalyst kinetics
Fig. 11).

Considering scale-up of reactors, heat management is of crucial
mportance. This can be done either by removing heat from the reactor,
.g. by using shell-and-tube reactors, or by storing heat internally in the
atalyst bed, e.g. in a material with an increased heat capacity as part
f the bed [22]. Storing heat inside the reactor bed has the advantage
hat it can be used during bed regeneration, since the process is cyclic
eleasing heat during sorption-enhanced reaction and requiring heat
nput during the desorption of water. The model we introduced can
e used to estimate the heat removal rates and their respective effects
n reactor performance.

The continuous temperature increase we observed in the inlet sec-
ion of the reactor is critical for large bed heights. We expect that this
emperature increase causes catalyst degradation and might also lead
o a thermal runaway, if the heat is not sufficiently removed from this
ection.

. Conclusion

In the context of reactor design and up-scaling, this study presented
nvestigations on the interplay between thermal behavior and result-
ng performance of fixed-bed sorption-enhanced methanation reactors.
hrough a coupled experimental and modeling approach, we estab-

ished a comprehensive understanding of the mechanisms dominating
he dynamic behavior and the resulting product gas quality of such
eactor beds using pelletized nickel-impregnated zeolites.

The results indicate that the thermal design of the reactor is of
tmost importance, even though sorption-enhancement shows a self-
tabilizing effect for the highly exothermic Sabatier reaction. The cou-
ling of heat transfer, reaction kinetics, and adsorption capacity re-
uires the designer to consider the following three adjustment screws:

• the dry state of the catalyst which determines the product quality
achievable with a properly operated system,

• the gas flow velocity or residence time, which can be adjusted
through the reactor pressure, and
• the heat removal from and/or heat storage in the catalyst bed.
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The zeolite material, characterized by its sorption isotherms, hy-
drothermal stability, and transport properties together with the cat-
alyst, set the constraints for the reactor engineering. An additional
complication is caused by continuous CO2 conversion close to the inlet
of the reactor after the catalyst is saturated with water. Consequently,
this section must be regarded separately during the reactor design.

In contrast to engineering of conventional catalyst reactors for
exothermic reactions, the design process of sorption-enhanced CO2
methanation reactors is closer to that of zeolite-based gas driers. Ad-
ditional challenges are caused by the increased temperature and water
pressure level, as well as the interplay with the catalyst activity.
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Appendix A. Hydro-thermal degradation of zeolites

Cyclic loading and drying, tracked via the temperature measure-
ment as described in Section 2, shows a decline in sorption capacity
over time (cf. Fig. A.14). After approximately 10 cycles a plateau was
reached and no significant decline could be observed anymore. The
next experiments were conducted to determine the equilibrium sorption
capacity according to Section 2. This entailed water loading over longer
periods at elevated temperatures up to 400 ℃. The repeated adsorption
experiments after this period show a significantly reduced sorption
capacity (cf. Fig. A.15). The material was severely damaged through
the high temperatures and water loads. It is expected that especially
the loading with water at around 400 ℃ impacts the zeolite.

Fig. A.14. Aging of zeolite bed: initial reduction of sorption capacity determined in
reference experiments (conditions as in Fig. 5).
10
Fig. A.15. Aging phases 1: initial aging (cycles 1–10), 2: plateau phase (cycles 11–35),
3: after aging at 400 ℃ (cycles 46–50).

Appendix B. Sorption isotherms and heat of adsorption

Sorption isotherms were determined accoring to the procedure de-
scribed in Section 2. The resulting equilibrium water loads 𝑋∗ =
𝑚ads∕𝑚dry,zeolite were fitted using the Dubinin Ashtakov model according
o Eqs. (B.1) to (B.3) [15].

Adsorbate volume depending on maximum adsorbate volume:

= 𝑊0 exp
[

−
(𝐴
𝐸

)𝑛het
]

(B.1)

Adsorption potential:

𝐴 = 𝑅
𝑀H2O

𝑇 ln

(

𝑝sat
𝑝H2O

)

(B.2)

Water load:

𝑋 = 𝜌ads(𝑇 ) ⋅𝑊 (B.3)

The parameters 𝑊0 and 𝐸char were optimized while 𝑛het was used as
published by Mette et al. [15] (see Table B.1).

Table B.1
Fitted parameters of Dubinin Ashtakov model.

Parameter Unit Identified value

𝑊ads,0 m3 kg−1 90.17⋅10−6
𝐸char J mol−1 1030.90⋅103
𝑛het – 1.55

Fig. B.16. Measured equilibrium adsorption capacity and fitted sorption isotherms.
The heat of adsorption was derived from the fit results of the

sorption isotherms using van’t Hoff equation. Fig. B.17 shows the
result. A polynomial fit was used during simulations for fast numerical
integration.
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Fig. B.17. Heat of adsorption derived from sorption isotherms.

Appendix C. Equilibrium composition of product gas

Fig. C.18 shows the sensitivity of the product composition on the
water content. This figure adds to Fig. 4 showing gases with a content
of >0.1 ppm.

Fig. C.18. Sensitivity of trace gas content on dry state of product for different
temperatures and reactor pressures.
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